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Rh/~-Al,O5 catalytic layer integrated with sol—gel synthesized
microporous silica membrane for compact membrane

reactor applications
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An efficient and compact catalytic membrane reactor for reforming of CH, was developed by integrating a hydrogen perm-selective silica
membrane with an Rh/y-Al,O5 catalyst layer. The catalytic layer was sandwiched between the outer surface of the a-Al,O5 support tube and
the silica membrane with an aim of improving the heat and mass transfer rates through the system and to simplify the reactor geometry. The
system showed improved efficiency for reforming of CH, at comparatively lower operating temperatures and steam to C molar ratios than
the conventional fixed-bed steam reforming systems. Under optimized conditions, a nearly 25-30% improvement from the equilibrium
conversion level was achieved as a result of abstraction of hydrogen from the product stream by the silica membrane integrated with the
catalyst layer. The performance of the system was evaluated as a function of various process parameters. Because of the compactness
and efficiency, the present system emerges as a promising alternative to the conventional membrane reactors, which possess separate

catalytic and membrane units.
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1. Introduction

Recently, there has been great interest in developing
catalytic membrane reactors (CMR) for producing
hydrogen from the naturally abundant hydrogen feed-
stocks such as CHy, because of the growing concern
over infrastructure and energy density [1]. Even though
steam reforming (STR), catalytic partial oxidation
(CPO) and autothermal reforming (ATR) are established
processes for commercial applications, the requirement
for high operating temperatures, particularly for STR,
and the existence of a large temperature gradient along
the catalyst bed make industrial applications of these
processes cumbersome [2-4]. The process efficiencies
and target are determined largely by thermodynamics
of the reactions as a result of the limitations imposed
by the thermodynamic equilibrium of the associated
reactions. On the other hand, by performing the
reactions in well-designed CMRs, they permit simulta-
neous reaction and separation and, therefore, enhance-
ment of conversion in thermodynamically limited
reactions can be achieved [5,6].

Even though Pd and some of its alloys display 100%
hydrogen perm-selectivity, the permeability values of
such membranes are low compared with the high
catalytic reaction rates [7,8]. Microporous silica has
been recognized as an alternative to Pd systems owing
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to its high perm-selectivity and permeation values for
hydrogen and also its low cost [9,10]. However, the
conventional membrane reactor approach of integrating
a packed catalyst bed with a hydrogen perm-selective
membrane has limitations for reasons such as a low
mass transfer rate through the membrane compared
with the high reaction rate in the catalyst bed and the
existence of a temperature gradient in the catalyst zone
[4]. Recognizing these facts, we have attempted to
execute a different approach by integrating the reforming
catalyst as a layer along with the hydrogen perm-
selective silica membrane, which is expected to improve
process efficiency, make the CMR system more compact
and reduce the overall cost. The selection of the catalyst
is very important. The commercially available Ni-based
STR catalysts are vulnerable to coking and sintering
[11]. Moreover, the high Ni loadings (>10% metal) of
such systems cannot guarantee the required mechanical
stability of the catalyst layer. Tsuru et al., in a recent
study, tried to perform membrane reforming of CH, by
dispersing NiO inside the pores of the a-Al,O; hanger
tubes, but could not prevent deactivation even after
performing the reaction at steam/C ratios of 5-10 [10].
On the other hand, noble metal catalysts are reported
to be more coke resistant (except Pt) in addition to
their comparatively high thermal stability due to low
metal loading (usually <2% metal) [12,13]. Among
these, supported Rh catalysts are reported to be very
active in the conversion of CHy, via STR or POX. In
the case of Rh supported on Al,O;, the active site for
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CH, adsorption is reported to the partially oxidized Rh
surface; moreover, the CH, adsorption rate is decreased
significantly owing to removal of oxygen from the
catalyst [14,15]. However, addition of small amounts of
air along with steam during reforming can replenish
the oxygen loss due to the high adsorption rate of
oxygen on Rh [16]. In this paper, we discuss the
synthesis of a silica membrane integrated Rh/~-Al,O;
catalyst system, where the catalyst layer is sandwiched
between the membrane and a-Al,O; support tube,
and its application in designing a compact membrane
reactor to facilitate reforming of CH, under moderate
operating conditions such as atmospheric pressure,
low steam to C molar ratio and moderate reaction
temperatures.

2. Experimental
2.1. Preparation of catalytic membrane

Boehmite (7-AIOOH) sol was prepared by using the
standard recipe reported elsewhere [17]. A solution of
RhCl;-2H,0 (1wt%) and poly(vinyl alcohol) (PVA)
(1 wt%) were added to the sol, and the boehmite concen-
tration was adjusted either by evaporation or by dilution
with deionized water (the concentration of the final sol
was 1wt% Rh in 0.6mol1™! of boehmite in PVA). The
sol was used for dip-coating the outer surface of an «-
Al, O3 tube (pore size ~0.1 um; length 3.5cm; top part
sealed), which was fixed on a dense ceramic tube by
glass sealing. The dip-coated layer was dried at 50 °C
and calcined at 600 °C at a heating and cooling rate of
25°Ch™'. We repeated the dip-coating and calcination
steps twice to obtain a crack-free layer of Rh/v-Al,O5.
Polymeric silica sol was prepared by hydrolysis and
condensation of tetraethyl orthosilicate (TEOS) in etha-
nol with HNOj as catalyst [18]. Dilute HNO5 (1 mol1™!

Furnace
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solution) was added slowly to a mixture of known
quantities of ethanol (Wako Pure Chemical Industries)
and TEOS (Aldrich Chemical) with gentle stirring. The
mixture was kept at room temperature for about
30 min. Subsequently, the temperature of the mixture
was raised slowly to 70 °C and at this temperature the
mixture was refluxed for 3h to obtain the sol of
the desired quality. The silica sol was diluted to a
concentration of 0.1moll™" using ethanol. The a-
Al,O5 tube, with the Rh/v-Al,O5 surface was immedi-
ately dipped into the silica sol (dipping time 10s) and
dried at 40 °C in a humidity-controlled oven with 60%
RH. Finally, the sample was calcined at 600°C in a
temperature-controlled furnace to obtain a thin layer
of silica over the catalyst layer.

2.2. Membrane reactor

The catalytic membrane obtained was loaded in a
reactor for permeation studies and reforming experi-
ments. The set-up of the membrane reactor, as shown
in figure 1, consists of a furnace with provision for
mounting the catalytic membrane. The feed can be
delivered through the tubular part of the catalytic
membrane tube using mass-flow controllers. Permeation
occurs through the a-Al,0O;—Rh/y-Al,Os-silica inter-
faces, or in other words the active silica layer was
situated at the permeate side of the membrane. Permeate
side vacuum conditions were used to measure the
permeation of the gases through the membrane. The
gas permeation was calculated from the rate of increase
of pressure in the downstream side measured with a
Baratron pressure sensor. Permeation values were
standardized with units of molm™2s!'Pa~'. While
performing reforming experiments, the permeate side
was connected to the sweep gas inlet. Both the permeate
and retentate fluxes were separately analyzed by using an
on-line gas chromatograph fitted with active carbon
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Figure 1. Process flow diagram of the catalytic membrane reactor set-up used for performing permeation studies and reforming experiments.
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column and thermal conductivity detector to measure
the total CH,4 conversion.

3. Results and discussion
3.1. Physical characteristics

Membrane characteristics such as thickness and
continuity were observed with a Hitachi S-900 FESEM
by scanning a cross-section of the catalytic membrane.
The silica and the intermediate Rh/y-Al,O3 layers
possess thicknesses of 1.5 and 9 um, respectively, as is
evident from the FESEM image shown (figure 2). The
BET surface area, pore diameter and XRD data for
Rh/y-Al,O5; and the parent 7-Al,O; materials were
obtained by analyzing the respective powdered samples
prepared by calcining the original boehmite and Rh
incorporated boehmite sols. The BET surface area and
pore diameter data were obtained by N, sorption
method using a Micromeritics surface area analyzer.
The ~-Al,O; and Rh/y-Al,O5; materials displayed sur-
face areas of 272 and 284m”g ', respectively. The ~-
Al,O5 and Rh/~+-Al,O;5 displayed average pore diameters
of 4.1 and 4.3nm, respectively, indicating that Rh
particles are dispersed in the v-Al,O; matrix without
obviously changing the microstructure of the latter.
Therefore, as in the case of pure v-Al,O3, Rh incorpo-
rated 7-Al,O3 can also serve as an efficient supporting
layer for forming a silica membrane by dip coating the
surface of the layer with standard silica sol prepared by
the sol-gel route. Figure 3 represents the XRD pattern
of Rh/y-Al,03; material (Philips PW 1710 X-ray diffract-
ometer; CuKa radiation). The characteristic XRD peaks
observed for Rh,O; (114) and (110) planes at 26 values
33 and 36° were broad and small, indicating highly
dispersed Rh,O; particles in the «-Al,O3; matrix. The
calculated particle size of Rh,Oj;, using Scherrer’s
equation, was 4.4 nm.
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Figure 2. FESEM image of the cross-section of the a-Al,O5 tube coated
with Rh/v-Al,O;5 and silica layers.
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Figure 3. X-ray diffraction pattern of Rh/y-Al,O5.
3.2. Permeation properties

Single-component permeances of the H, and CH,
along with the H,/CH, separation factor as a function
of temperature are presented in table 1. H,, with a kinetic
diameter of 2.8 A, showed activated transport, with its
permeance increased from 9.28 x 10 ®molm 2s~! Pa™!
at 100°C to 3.01 x 107" molm *s™'Pa~' at 525°C.
However, in the case of CH4 permeation (kinetic dia-
meter = 3.7 A), temperature variations did not lead to
significant change in its permeance. The large difference
in the permeation values of H, and CH, clarifies the
microporous nature of the silica layer, the majority of
its pores having dimensions <3.7A. As a net effect of
the difference in the permeation properties of H, and
CH,, the separation factor for H, to CH, increased
with increase in temperature. The separation factor for
H, to CH,, which was nearly 7.5 at 100 °C, increased
progressively with increase in temperature and was ~31
at 525°C. The hydrogen permeation was activated with
an apparent activation energy of 6.8kJ mol~'. The
activation energy for permeance is considered as a
useful extra parameter to explain the membrane quality;
higher hydrogen activation energy reflects the small pore

Table 1
Gas transport data for H, and CHy over the silica-based Rh/y-Al,O5
catalytic membrane

Temperature Permeation (molm2s~! Pa™!) Separation

°O) factor
H, CH, H,/CH,

100 9.28 x 1078 124 %1078 7.5

200 1.54% 1077 1.14x 1078 14

300 1.94 %1077 1.10x 107% 18

400 2.35% 1077 1.09 x 107% 22

500 2.85x 1077 1.05x 1078 27

525 3.01x 1077 0.96 x 1078 31
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Figure 4. Variation of H,/CH, perm-selectivity as a function of time in
the presence and absence of steam. Operating temperature 550°C;
H,:CH4:H,O ratio 1:1:3.5.

sizes involved. The value of the activation energy is
roughly in agreement with those reported for high-
performance silica membranes [19,20].

In order to understand the hydrothermal stability of
the silica membrane, a stability test was carried out at
550 °C by keeping the feed molar ratios of H, : CH,: H,O
at 1:1:3.5. The experiment was performed for 8 h, and
the H,/CH, perm-selectivity was measured at intervals
of 30 min. An identical experiment under dry conditions
was also performed. The results, as presented in figure 4,
indicate a very slow drop in the perm-selectivity value
(H,/CHy) during the experiment in a humid atmosphere.
Generally, at high temperatures (usually above 600 °C),
silica interacts with steam and causes densification of
the material. A perfect hydrothermally stable silica
membrane would be an ideal choice for membrane
reactor purposes; however, in the temperature range of
our choice (i.e., <550°C), the membrane did not show
a rapid change in permeation characteristics and,
thereby, severely influence the performance of the
membrane reactor set-up.

3.3. Reforming of methane

CH,, diluted with Ar and air to a volume of 30% and
O/C (where “C” represents carbon in CH,) molar ratio
of 1.0, was supplied along with steam to perform the
reforming reaction at atmospheric pressure. An N,
sweep in the rate of 30cm?min~' was maintained in
the permeate side to facilitate H, transfer. The reaction
was performed in the temperature range 400-575 °C by
maintaining different H,O/C molar ratios and contact
times. Generally, a mass balance in the range 92-94%
was measured during the experiments.

CH, conversion was monitored over the catalytic
membrane and also over the Rh/~v-Al,O5 layer without
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Figure 5. Effect of contact time on methane conversion and improvement
over the equilibrium level for silica-based catalytic membrane with the
intermediate catalytic layer of Rh/y-Al,O3. Reaction temperature 525°C;
H,0/C molar ratio 3.5.

the silica membrane layer over it at 525°C using an
H,O/C molar ratio of 3.5 at various contact times (i.e.,
the time of contact of the reactant mixture per gram of
Rh/v-Al,O5 catalyst). The results are presented in
figure 5. The effect of H, removal on conversion is
demonstrated more explicitly in the same figure by
plots of improvement over the equilibrium level for the
catalytic membrane. The results clearly display an
improved performance of the system at high contact
times, where the conversions obtained were considerably
higher than the equilibrium level. CH, conversion, which
was very close to the equilibrium conversion level of 43%
at a contact time of 0.008 gscm , registered a value of
50% at a contact time of 0.01gscm™ with a net
improvement of more than 16% from the equilibrium
value. The conversion reached nearly 59.5% at a contact
time of 0.015gscm ™3, giving a net improvement from
the equilibrium level by 37%. However, with further
increase in contact time, we observed color change of
the catalytic membrane from light yellow to gray,
probably due to carbon deposition into the micropores
as a result of increased rate of CH4 decomposition as a
side reaction at very high contact time. When the contact
time was <0.007gscm™°, there was no improvement
from the equilibrium level. Hence the results lead to
the conclusion that the system can be operated very
efficiently in the contact time region 0.008—
0.015gscm ™. It should be noted that in the absence of
the silica layer (i.e., with only the Rh/~-Al,O5 layer),
the conversion was either lower than or very close to
the equilibrium value in the contact time region 0.005—
0.015gscm . This implies that the small selectivity for
H, over CHy, known as Knudsen selectivity, caused by
the microstructure of the Rh/y-Al,O; layer is not
sufficient to drive the reaction above the thermodynamic
equilibrium level. Hence the results presented in figure 5
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Figure 6. Influence of reaction temperature on methane conversion during

reforming of methane. H,O/C molar ratio 3.5; contact time 0.01 gscm ™.

demonstrate very well the superior performance of the
integrated system.

The temperature effect in CH, conversion was moni-
tored by performing the reaction in the temperature
range 400-550 °C at an H,O/C molar ratio of 3.5. Even
though conversion was maximum at a contact time of
0.015gscm73, for the temperature effect studies we
selected an intermediate contact time value of
0.01gscm™ with the aim of minimizing any possible
deactivation effect, which otherwise would counteract
the results since the experiment requires prolonged
exposure time to cover the selected temperature regions
in the range 400-550 °C. As can be seen from figure 6,
satisfactory improvement was obtained in the tempera-
ture range 400-525°C and thereafter the margin of the
improvement decreased progressively with increasing
reforming temperature. It must be noted that since
both the a-Al,O3 support and the Rh/y-Al,O; inter-
mediate layer were Knudsen diffusing, their resistivity
is expected to increase as the temperature increases.
The progressive drop in the rate of movement of the
feed mixture through the Knudsen diffusing layer, as a
result of increase in resistivity, is expected to increase
concomitantly the residence time of the reactants with
the catalyst layer. However, the extent of improvement
slightly decreased after 525 °C, contrary to expectations.
A possible reason for this detrimental effect could be the
drastic drop in water vapor permeation through the
substrate due to low absorption rate. Any preferential
fall in water permeation to a degree larger than the
drop in CH, permeation, which will obey Knudsen
law, may lead to a reduction in H:C ratio with increase
in temperature and therefore a drop in efficiency, as
detailed in the following section.

The data presented in table 2, which shows the
influence of H,O to C molar ratios on CH, conversion
in an experiment in the temperature range 500-550°C

Table 2
Influence of H,O/C molar ratio on CH,4 conversion (contact
time 0.015gscm ™)

Temperature CH, conversion (%)
(Q®)
H,0/C=25 H,0/C=3.5
500 31.6 46.4
525 34.2 58.7
550 39.3 59.5

using a contact time of 0.015gscm ™, display the addi-
tional advantage of enhanced conversion while operating
the reaction at high steam to C molar ratios. Generally,
an H,O to C molar ratio of a minimum of 2.5 is desirable
to avoid coke deposition. The CH,4 conversion, which
was ~34% at 525°C and an H,O/C molar ratio of 2.5,
increased to ~59.5% as the H,O/C molar ratio increased
to 3.5, with substantial improvement from the equilib-
rium level. Considering the resistance imparted by the
interfaces, the stoichiometrically required H,O/C molar
ratio in the vicinity of the catalyst side is available by
maintaining a slightly higher ratio than that stoicho-
metrically required in the feed side. CHy4 reacts very
effectively with steam under such conditions and part
of CO produced during the reaction subsequently
reacts with steam by the water gas shift (WGS) reaction,
leading to a high CH, conversion and better H, yield. In
situ removal of H, by the membrane enhances the rate of
both of these reactions. Enhancement in the rate of CO
removal by the WGS reaction can reduce coke deposi-
tion caused by the so-called Boudouard reaction. Based
on the results obtained from this study, the minimum
required H,O/C molar ratio for process efficiency can
be taken as 3.5.

4. Conclusion

By integrating a hydrogen perm-selective silica layer
with a reforming catalytic layer of Rh/y-Al,O3, an effi-
cient and compact catalytic membrane reactor for
reforming of CH, was developed. The system showed
improved efficiency for reforming of CH, at compara-
tively lower operating temperatures and steam to C
molar ratios than in the conventional fixed-bed steam
reforming systems. The process efficiency to a large
extent depends on various process parameters. Under
optimized reaction conditions, substantial improvement
over the equilibrium conversion level was achieved as a
result of abstraction of hydrogen from the product
stream by the silica membrane integrated with the
catalyst layer. Hence the system offers a promising
alternative to the conventional membrane reactors
containing separate membrane and packed-bed catalyst
units.
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